Introduction
Prediction of location of onset of significant voids ͑OSV͒ and void fraction along the flow direction during subcooled flow boiling is very important for nuclear reactors. As the void fraction increases, the reactivity in the reactor core decreases and vice versa. Thermal hydraulic codes ͑like RELAP-5͒ available for the nuclear industry compute the void fraction value from the interaction of three constitutive models. These models are for: ͑i͒ the source term for voids, which comes from the model for wall nucleation or wall heat flux partitioning ͑which gives the fraction of wall heat flux that goes to vapor generation͒, ͑ii͒ the sink term, given by the interfacial heat and mass transfer from the condensation of the vapor ͑bubbles lifting off͒ in the subcooled fluid, and ͑iii͒ interfacial friction.
A number of wall heat flux prediction models have been proposed in the past. These previous studies can be broadly classified into two categories: ͑i͒ those that partition the given wall heat flux into the various heat flux components and ͑ii͒ those that predict the overall heat flux. Correct partitioning of the wall heat flux is important for accurate prediction of void fraction in subcooled flow boiling process.
In the subcooled flow boiling process, before inception occurs, the heat from the wall is transferred to the liquid by single-phase forced convection. After the onset of nucleate boiling ͑ONB͒, different heat transfer mechanisms come into play. Some of the past studies for the wall heat flux partitioning downstream of ONB, as well as two-phase heat transfer models, are discussed in the following.
The wall heat flux models differ from one another on the various wall heat transfer mechanisms considered and in the way the total heat flux is partitioned ͑i.e., what fraction of the total heat is transferred by the various mechanisms͒. Griffith et al. ͓1͔ assumed that once nucleation begins all of the wall energy is utilized for vapor generation. Bowring ͓2͔ was the first to identify different heat transfer mechanisms. He proposed that q w has three components-single-phase heat transfer (q sp ), evaporation (q ev ), and the sensible heating of the liquid that occupies the volume vacated by a departing bubble (q pump ). Thus, the wall heat flux could be expressed as q w ϭq sp ϩq ev ϩq pump ϭq sp ϩ͑1ϩ ͒q ev ϭh sp ͑ T sat ϪT l ͒ϩ͑ 1ϩ ͒q ev ,
where ϭ q pump /q ev and is found empirically. The evaporation heat flux (q ev ) was given by the expression
where f is the frequency of the bubbles and N a is the active nucleation site density. The single-phase component can be calculated from standard correlations. The ratio was then correlated by the following expression: 
where p is pressure in bars. From Eq. ͑1͒ knowing q ev and q sp , q pump can be calculated. Bowring used experimental data available in the literature for vertical upflow in rectangular channels with pressures varying from 11 to 136 bar, heat fluxes varying from 30 to 160 W/cm 2 , and velocities varying from 0.8 to 2.0 m/s, and for all ranges of subcooling. Rouhani and Axelsson ͓3͔ extended Bowring's model. In their study q sp was expressed in terms of wall voidage, meaning that this mechanism only works until the surface is fully covered with vapor bubbles. Also, unlike Bowring they expressed q pump independently, proposing that the liquid re-placing the departing vapor bubble would be heated through a temperature gradient equal to the mean liquid subcooling. Dix ͓4͔ also used Bowring's model in his study. Dix used R-114 as the working fluid for his experiments while the pressures varied from 3.5 to 8 bar and mass fluxes was varied from 50 to 820 kg/m 2 s. Several other studies have used Bowring's model. However, most of them have ignored the contribution of heat transfer due to liquid circulation caused by bubbles disrupting the boundary layer, and have only considered q sp and q ev as the two components of the wall heat flux. The models of Larsen and Tong ͓5͔, Ahmad ͓6͔, Hancox and Nicoll ͓7͔, Maroti ͓8͔, Lahey ͓9͔, Chatoorgoon et al. ͓10͔, and Zeitoun ͓11͔ fall into this category. Most of these models do not calculate q ev directly but do so indirectly by knowing the supplied q w and calculating q sp . For example, Maroti ͓8͔ calculated q ev by assuming the fraction of wall heat flux utilized for vapor generation to be proportional to the superheated part of the liquid thermal layer and applied his model for water, for pressures ranging from 27 to 138 bar. Assuming a linear temperature profile in the liquid, he derived an expression for the evaporation heat flux as
The wall heat flux was assumed to be given by
where h boil ϭK⌬T N , with Kϭ22p 0.58 and Nϭ3.33. In Eq. ͑5͒, the pressure (p) is in atmospheres.
Lahey ͓9͔ expressed the boiling heat flux (q b ) as the sum of the evaporation and pumping heat fluxes (q pump ) which occur due to heating of the liquid filling up the area evacuated by the bubbles lifting off from the heater surface. The total wall heat flux can then be expressed as q w ϭq sp ϩq ev ϩq pump ϭq sp ϩ͑1ϩ ͒q ev ϭq sp ϩq b
In the earlier equation the boiling heat flux (q b )ϭq ev ϩq pump and ϭ q pump /q ev ϭ l (he l,sat Ϫhe l )/ v h fg , where he denotes enthalpy of the liquid and the subscripts l and sat denote the liquid and saturation, respectively. In the earlier model it was assumed that the OSV location coincides with the point where fully developed nucleate boiling begins. Based on this assumption, upstream of OSV, q w ϭq sp and downstream of OSV, q w ϭq sp ϩq b . The boiling heat flux was expressed as
where he l,OSV is the enthalpy of the liquid at OSV while he l (z) denotes the enthalpy of the liquid at any axial location.
Chatoorgoon et al. ͓10͔ developed a model for q ev using the evaporation heat flux at the OSV location as the datum. Their relationship was expressed as
where is a function chosen such that it is zero at OSV and q ev,OSV is determined from the assumption that at the OSV location the slope of the void fraction profile is approximately zero ͑i.e., the condensation rate from the bubbles in the bulk liquid balances the evaporation rate͒. Based on this assumption, q ev,OSV was expressed as
where h c is the condensation heat transfer coefficient ͑calculated using Akiyama's ͓12͔ correlation and assuming a constant bubble size of 2.5 mm͒ and ␣ is the void fraction at OSV ͑calculated using the correlation of Rogers et al. ͓13͔͒. The correlation was applied to flow boiling of water for pressures ranging from 1.52 to 2.1 bar and velocities ranging from 0.3 to 0.4 m/s. Kandlikar ͓14͔ assumed that, for saturated flow boiling, the two-phase heat transfer coefficient is made up of two components, single-phase convection and nucleate boiling and empirically can be expressed as
where Co is the convection number indicating whether nucleate boiling or convection is dominant, C 1 -C 5 are empirical constants, Fr l is the Froude number, and F fl is a fluid-surface parameter. The correlation was developed using experimental data available in the literature for saturated boiling in horizontal and vertical tubes, for both water and refrigerants.
Liu and Winterton ͓15͔ proposed that the presence of the bubbles enhances single-phase heat transfer while suppressing the pool nucleate boiling heat transfer mechanism. They expressed the saturated flow boiling heat transfer coefficient (h TP ) as,
The heat transfer coefficients for single-phase (h sp ) was calculated using the Dittus-Boelter correlation, while the pool boiling heat transfer coefficient (h pool ) was determined using Cooper's ͓16͔ pool boiling correlation as
where P crit is critical pressure and M is molecular weight. F and S are the enhancement and suppression factors, respectively, and are given as
where x is the quality, Pr l is the liquid Prandtl number and Re l is the liquid Reynolds number. For subcooled flow boiling, Liu and Winterton proposed the following expression for the q w :
where Fϭ1.0 with all other parameters calculated as before for saturated boiling. These correlations were developed based on experimental data covering a range of mass fluxes varying from of 12.4 to 8180 kg/m 2 s, pressures varying from 0.5 to 200 bar and liquid subcoolings varying from 0 to 173.0°C. Wadekar ͓17͔ assumed that the single-phase convective component was suppressed during subcooled flow boiling. Noting the trends of the asymptotic addition of nucleate boiling and convective heat transfer, he obtained
where A nb is the time-averaged fraction of the total area over which nucleate boiling occurs. From the available data, the functional form of A nb was determined to be
where Re 2p is the two-phase Reynolds number (ϭRe F 1.25 ), and K is a dimensional constant obtained from experimental data and is equal to 177C, where C is the lead constant in Cooper's correlation given in Eq. ͑12͒. 
where q wl is the heat flux to the liquid, q wg is the heat flux to the vapor, q N is the nucleation heat flux, q wd is the heat flux to the liquid near the wall ͑post-CHF͒, q wlp is the heat flux to the dispersed liquid ͑post-CHF͒, ⌬zϭzϪz 0 , where z 0 is the CHF location, and B and tp are functions that describe the restructuring of the fluid field from continuous liquid to continuous vapor. In the nucleate boiling regime, the wall heat flux was partitioned according to the following expression:
where the convection heat flux can be broken down into two separate terms, one going to the liquid and the other to the vapor, and was expressed as
where f l ϩ f g ϭ1. The single-phase heat transfer coefficient was evaluated from the Dittus-Boelter correlation, while the factors f l and f g were determined from available experimental data. From the earlier literature review of the available models for prediction of wall heat flux in flow boiling, it is evident that in most cases all the mechanisms for heat transfer have not been taken into account. In almost all of them, one or more of the heat flux components were obtained as ratios of other components. The dependencies were obtained by curve fitting the experimental data. Hence, the models have become too data specific and furthermore the empiricism built into them does not always represent the physics of the process. The comparison of these models with the experimental data show discrepancies at low pressures, as most of these correlations were developed for high pressure, high velocity conditions. A number of these models were developed as a part of the modeling for void fraction and though the overall model validation for void fraction prediction has been justified in most studies, an independent validation of the wall heat flux partitioning has never been carried out.
From the literature review it is evident that a model is yet to be developed in which each and every component of the wall heat flux is identified and then computed independently. The modeling should be such that the empirical relations used represent the subprocesses involved in the subcooled flow boiling phenomenon. A bottom-up approach is taken here, rather than the top-down approach that has been employed in the past. Validation of the model is carried out with low pressure data obtained in this study and that available in the literature.
Proposed Model
The first step in modeling wall heat flux is to identify the ONB and OSV locations. Thereafter, each of the mechanisms by which energy is transferred from or near the wall has to be identified and quantified. The fundamental idea behind the model proposed in this work is that energy from the wall is first transferred to the liquid layer adjacent to the heated wall and thereafter from this superheated liquid layer, energy is transferred to the vapor bubble by evaporation while the remainder goes to the bulk liquid.
Upstream of ONB, heat is transferred from the wall to the bulk liquid by single-phase forced convection. Standard heat transfer correlations, depending on flow geometry and fluid properties, can be used for this purpose.
Region Between ONB and OSV. In the region, which is upstream of OSV and downstream of ONB, the bubbles remain attached to the heated surface as shown in Fig. 1 . Energy transfer by single-phase forced convection (Q fc ) from the wall occurs in regions not occupied by bubbles as shown in Fig. 1 , and results in the sensible heating of the liquid. A portion of this energy is utilized for evaporation from the superheated liquid layer adjacent to the wall. Condensation heat transfer (Q c ) occurs from the top of the attached bubbles, which is exposed to the subcooled liquid. Since the bubbles do not grow in size with time and remain attached to the heated wall, the energy lost by the bubbles due to condensation to the subcooled liquid, is equal to the energy input to the bubbles by evaporation from the superheated liquid layer. As such, the bubbles attached to the surface provide an alternate route for heat transfer from the wall to the liquid. However, the presence of bubbles on the surface enhances forced convection heat transfer coefficient by increasing the roughness of the surface. In this region, the entire wall heat energy is assumed to be transferred by enhanced forced convection to the liquid and, hence, the wall heat flux can be expressed as 
where q l is the energy transferred to the bulk subcooled liquid, A h is the heater surface area and h fc is the enhanced forced convection heat transfer coefficient. Enhancement in single-phase heat transfer occurs because of the presence of protrusions on the heater surface and oscillations in the bubble interface. Also, in regions 1-2 shown in Fig. 1 , the rate at which heat is added to the liquid leads to the enthalpy rise of the liquid, i.e.:
where ṁ is the total mass flow rate, T l,1 and T l,2 are the mean liquid temperatures at locations 1 and 2, respectively, c pl is the liquid specific heat, and A h(1-2) is the heater surface area between locations 1 and 2.
Region Downstream of OSV. Further downstream, with decrease in liquid subcooling, the bubbles grow in size and lift off from the surface. Typically the bubbles slide before they lift-off. The diameter at which a bubble departs from its site of origin and begins to slide a measurable distance along the heater surface is called the departure diameter (D d ), while the diameter at which the bubble lifts off from the heater surface is called the lift off diameter (D l ). Various heat transfer mechanisms that come into play in the region of detached bubbles are also shown in Fig. 1 . Each of the mechanisms occurs on different areas and over different time periods. This has to be taken into account in the modeling.
When a bubble slides, or lifts off, the boundary layer gets disrupted and cold liquid comes in contact with the heated wall, which results in transient conduction (Q tc ) occurring on these areas. The conduction process is modeled as a simple onedimensional transient heat conduction into a semi-infinite medium, with the liquid at a temperature T l and the heater surface at a temperature T w . Based on the error function solution of the transient temperature profile, the transient conduction heat flux at the wall can be expressed as
From Eq. ͑24͒, the transient conduction heat flux decreases as the inverse square root of time whereas the steady-state forced convection component is independent of time, as shown in Fig. 2 . The time period, t*, over which transient conduction is dominant over convection can be found by equating the two heat transfer rates ͓Eqs. ͑22͒ and ͑24͔͒ and is expressed as
where ␣ l is the liquid thermal diffusivity. Thus, for tϽt*, transient conduction will dominate and for tϾt*, forced convection will dominate. In other words, q fc is the lowest heat flux that the heater surface will experience; when transient conduction occurs, the local heat flux will be higher. As mentioned earlier, the fundamental idea of the proposed model is that all the energy from the wall is transferred to the superheated liquid layer immediately adjacent to the wall by transient conduction and convection, and then a portion of this energy goes to the bubbles by means of vaporization at the vapor-liquid interface. In the post OSV region, bubbles lift-off from the heater surface and carry with them the evaporation energy (Q ev ). Condensation occurs at the vapor-liquid interface of the bubbles attached to the heater surface. Thus the total energy input to the bubble from the superheated liquid layer is equal to (Q ev ϩQ e ), while the rest of the heat from the superheated layer goes towards heating of the bulk liquid (Q bulk ). Condensation is again just an alternate path for heat transfer to the liquid. So the total energy loss from the wall equals to (Q tc ϩQ fc ), which in turn equals (Q ev ϩQ l ), with Q l ϭQ bulk ϩQ c . The wall heat flux in the post OSV region, can thus be expressed as
As can be seen from Eq. ͑26͒ since condensation need not be an independent component of the wall heat flux, this information is not necessary for modeling the wall heat flux. Also note that Q l is the heat gained by the liquid from the wall, but there will be an additional heat gain due to condensation of vapor bubbles lifting from the wall and moving into the bulk liquid. A model for the interfacial heat transfer in the bulk liquid, during subcooled flow boiling, has been developed by Warrier et al. ͓19͔ .
Further downstream, with the increase in the number density of bubbles on the heater surface, bubbles begin to merge without sliding, while growing at their sites of origin. We call this fully developed nucleate boiling. The heat transfer mechanisms discussed above along with Eq. ͑26͒ are still valid, but the time periods and area considerations for each component are different. In the post OSV region, modeling has to take into account the cases where the bubbles slide and the cases where the bubbles do not slide. A detailed discussion of this is given in the following paragraphs. In this model, it is assumed that the nucleation sites are distributed in a square grid and that the bubbles slide only in the direction of the flow. As such, the spacing between nucleation sites (s) is equal to 1/ͱN a , where N a is the active nucleation site density. In pool boiling, Wang and Dhir ͓20͔ found that the average spacing between sites is given by 0.84/ͱN a . If sϾl 0 , a bubble while sliding will not encounter bubbles nucleating at other sites. On the other hand, for sϽl 0 , a sliding bubble will encounter bubbles from other sites along its sliding path and merge with them. Hence, a smaller number of bubbles will lift off per unit area of the heater surface into the bulk liquid than the actual number of active nucleation sites. Also, a bubble, while sliding and encountering other sites, gains vapor volume from these sites. Thus such a sliding bubble grows faster and, hence, will gain the lift-off diameter earlier. In such situations, the actual sliding distance (l) will be shorter than l 0 .
Sliding
Bubble sliding cases are shown in Fig. 3͑a͒ for a no merger case and Fig. 3͑b͒ for a case where the bubbles merge. The bubble departs from its site of origin ͑primary site͒ and slides for a distance l and merges with the other ͓two shown in Fig. 3͑b͔͒ sites ͑the secondary sites͒ encountered along its sliding path, and grows while sliding until it attains the lift-off diameter, D l . The ratio of the actual number of bubbles lifting off per unit area of the heater surface to the number of active nucleation sites per unit area is called the reduction factor (R f ) and is given by 
For sϾl 0 , the actual sliding length lϭl 0 and R f ϭ1.
As shown in Fig. 3 , the waiting time (t w ) is the time period between bubble departure and the next bubble inception at a given site. Also, the growth time (t g ) is the time required for bubble growth from inception to the maximum size (D d ) at its site of origin.Though the bubble continues to grow while sliding, it is to be noted that the time of growth at the site of origin along with the waiting time represents the periodicity, as can be seen from Fig. 3 , and this time period (t w ϩt g ) will be used for averaging all the heat transfer components. The frequency of bubble release ( f ) is then given by 1/(t w ϩt g ). Since in steady state a continuous train of bubbles are sliding and lifting off, f represents both the bubble departure rate as well as the bubble lift-off rate from the heater surface.
For finding l, it is assumed that when a sliding bubble encounters a secondary site along its sliding path, it gains the volume corresponding to D d , or in other words the time lag in sliding a distance, s, equal to the spacing between adjacent sites, is equal to the growth time t g for a bubble at its site of origin. Hence, bubbles at a secondary site will grow to D d before being hit by a bubble sliding from an upstream site. If D sl is the size a bubble grows to while sliding a distance s, then the total size of a bubble after gaining volume due to interaction with a bubble at a secondary site is given by
If the value of D total уD l , the bubble will lift-off, otherwise the bubble will slide further and merge with bubbles at additional secondary sites till it reaches the size D l . The actual sliding distance (l) can be determined if one keeps track of the bubble growth rate during sliding and the sudden increase in bubble volume following every encounter with secondary bubbles. For example, consider a bubble that departs from its site of origin and merges with N merg number of bubbles spaced a distance s apart. The distance that the bubble has traveled so far is then given by N merg s. Now if the current size (D N ) of the bubble is less than D l and if the size of the bubble after one more merger will be greater than D l , then the bubble only needs to travel a fraction of the spacing (s) before it attains the lift off size D l . In this case the total distance traveled by the bubble can be calculated ͑provided the bubble growth rate during sliding is known͒ as
Transient conduction occurs in regions swept by sliding bubbles, and the time period for which it will occur is governed by the magnitude of t*. The transient conduction component is given by
where tϭt* when t*Ͻ(t w ϩt g ) and tϭ(t w ϩt g ) when t*у(t w ϩt g ). Sliding area (A sl ) is the area swept by the sliding bubble and is given as A sl ϭCDl, where C represents the ratio of bubble base diameter to that of the bubble diameter, D, which represents an average diameter of a sliding bubble, and the product R f N a represents the number of bubbles sliding per unit area. During sliding, since the bubble grows from D d to D l , the average bubble diameter is given by
In the present study, the ratio 
Hence, in this study, the average bubble diameter during sliding was assumed to be 0.75D l . Forced convection will prevail for all times in the areas of the heater surface, which are not influenced by sliding bubbles. The fraction of the heater area devoid of bubble sliding is given by (1ϪA sl R f N a ). The heater area influenced by sliding will have transient conduction followed by forced convection, if t*Ͻ(t w ϩt g ). As such, the forced convection component can be expressed as
The evaporative component of the wall heat transfer is given by the energy carried away by the bubbles lifting off from the heater surface and is the energy of vaporization required to produce a bubble of size D l . Evaporative heat flux is the product of this energy, bubble release rate ( f ) and the number of bubbles released per unit area of the heater surface (R f N a ) and is expressed as
Energy going to the liquid from the wall is given by the total wall heat flux minus the evaporative component.
Bubble Merger Without Sliding. Typically at high superheats, with the increase in N a ͑i.e., decrease in s) and increase in D d and D l , bubbles tend to merge with each other in all directions, while growing at their site of origin. This is shown in Fig. 4 . Here the maximum size the bubble grows to is the average spacing distance, s, between sites and thereafter they merge together to form a bubble of size D l , which then lifts off from the heater surface. In this case, the growth time (t g ) corresponds to the time required for a bubble to grow to size s. The number of bubbles merging together to give one lift off diameter bubble is obtained from volume considerations. The reduction factor can, hence be expressed as 
As can be seen from Fig. 4 , the entire heater surface undergoes transient conduction after the bubbles merge and lift-off. There can be several possibilities as to the area and time period for which transient conduction and forced convection occur on the heater surface depending on the relative values of t w , t g , and t*. These possibilities are discussed later.
͑i͒ t*рt w . When t*рt w , transient conduction will occur on the entire heater surface for time t* and is given by
Following transient conduction, forced convection will take place on the entire heater surface area till t w and thereafter in regions not occupied by bubbles during t g . This can be expressed as
where A b is the base area of the bubble and can be written as A b ϭ(Cs) 2 /4. ͑ii͒ t*Ͼt w . When t*Ͼt w , transient conduction will occur over the entire heater surface for time t w and will continue during the growth period in regions not occupied by bubbles on the heater surface till t* or (t w ϩt g ), whichever is smaller. Transient conduction in this case can be expressed as
where tϭt w ϩt g , if t*Ͼt w ϩt g , else tϭt*. Forced convection will occur after transient conduction only if t*Ͻt w ϩt g . For the case when t*Ͼ(t w ϩt g ), forced convection will be zero ͑i.e., transient conduction will prevail at all times͒. The forced convection component can be expressed as
Also, in this case the evaporative component (q ev ) is given by Eq. ͑34͒, with the R f term obtained from Eq. ͑35͒. Thus the evaporative component is given by
The total wall heat flux can then be partitioned into that going into the liquid and vapor phases using Eq. ͑26͒.
Parameters Required for Modeling
From the previous discussion it is clear that for modeling wall heat flux, one needs to know the location of ONB and OSV and for finding each of the wall heat flux components information regarding N a , D d , D l , t w , t g , and h fc are required apart from the flow parameters Ϫv, ⌬T w , ⌬T sub , and the fluid and solid properties. Additionally, literature review ͑see Warrier and Dhir ͓21͔͒ indicated scarcity of flow boiling data at low pressure and lack of information and models for each of the earlier mentioned parameters. Hence the necessity of low-pressure flow boiling experiments was identified.
Experiments
To support the model development, subcooled flow boiling experiments were conducted at pressures varying from 1.03 to 3.2 bar for a wide range of mass fluxes (124-926 kg/m 2 s), heat fluxes (2.5-113 W/cm 2 ), and for contact angles varying from 30°t o 90°. These experiments were conducted using a vertical Copper plate ͑30.5 cm long and 3.175 cm wide͒ and a Zircalloy-4 nine-rod bundle arranged in a 3ϫ3 square grid ͑91.44 cm long, 1.11 cm outer diameter with a pitch to diameter ratio of 1.288͒. Details of the experimental set up and procedure can be found in Basu ͓22͔ and Basu et al. ͓23͔.
CorrelationsÕModels for Required Parameters
From the experiments conducted as part of this study and the data available in the open literature, correlations/models were developed for the various parameters identified above. Since the details of the correlations are reported elsewhere ͑see Basu ͓22͔͒ only a brief discussion is given in the following section.
Onset of Nucleate Boiling. In determining the wall superheat at the onset of nucleate boiling, it is proposed that the probability of finding an unflooded cavity of the size corresponding to the minimum wall superheat calculated from Hsu's ͓24͔ criterion diminishes as the wettability of the surface increases. However, since the size of the available cavity is proportional to that obtained from the minimum superheat criterion, the available cavity size can be expressed as
where the reduction factor F ͓which depends on the static contact angle ͔͑͒ is given as,
while D c 0 is obtained by invoking the minimum superheat criterion
The reduction factor F was obtained empirically by correlating the data available in the literature ͑see Basu et al. ͓23͔͒. Transactions of the ASME Under the assumption that the nucleating cavity is much smaller than the thermal boundary layer thickness (␦ t ), the wall temperature at inception corresponding to D c is obtained by using the following set of equations:
When the calculated wall superheat is not too high, ⌬T w,ONB in terms of D c can be approximated as
Otherwise the complete equation of state must be used. Prior to ONB, single-phase flow prevails on the heater surface, an expression for wall heat flux in terms of the single-phase heat transfer coefficient ͑which may or may not depend on the axial location͒ can be written as
The ONB correlation is strictly valid for static contact angles varying from 1°to 85°. The comparison of the predicted and experimental ⌬T w,ONB and q w,ONB values can be found in Basu et al. ͓23͔.
Onset of Significant Voids. Though in the past, different definitions of OSV have been used ͑see Bowring ͓2͔; Zeitoun ͓11͔; Unal ͓25͔͒, in this study, the onset of significant void is defined as the axial location where the bubbles begin to lift off from the heater surface. Based on the experimental data obtained in the present study, the local liquid subooling at which OSV is observed could be correlated by the expression
where the factor C OSV is a function of the ratio of the bubble departure diameter to the thermal boundary layer thickness (␦ t ϭk l /h sp ). It must be noted that the h sp value used is the value without any enhancement due to the presence of the bubble. The factor C OSV represents the fact that for a thicker boundary layer, a bubble could sustain a higher liquid subcooling while growing and detaching itself from the surface and vice versa, and is given by the following empirical relation: Figure 5 shows a comparison of the ⌬T sub,OSV values predicted using Eq. ͑48͒ with those obtained experimentally. It can be seen that the predicted values compare quite well with most of the experimental values ͑within Ϯ30%). In the literature, the location of OSV is not typically given, and the lack of this information, leads one to use the fully developed heat transfer coefficient values when predicting the OSV location. This often results in the ⌬T sub,OSV values being predicted incorrectly. 
where l c is the characteristic length scale (l c ϭͱ/g( l Ϫ v )), Ja sup ϭ l c pl ⌬T w / v h fg , Ja sub ϭ l c pl ⌬T sub / v h fg , Re l ϭ l vl 0 / l . Due to the difficulty in obtaining reliable bubble diameter information because of the presence of multiple bubbles on the heating surface, the range of the earlier correlations are quite limited. Hence, the earlier correlations are valid only in the following range of parameters: 14рJa sup р56, 1рJa sub р138, 0рRe l р7980, and 30°рр90°. Figure 6 shows a comparison of the D d and D l values predicted using Eqs. ͑52͒ and ͑53͒ with the data obtained in the present experiments. From Fig. 6 it can be clearly seen that there is large scatter in the experimentally obtained bubble diameters. Also included in Fig. 6 is the single bubble data obtained by Maity ͓26͔.
Bubble Waiting Time and Bubble Growth Time. Only limited information regarding the bubble waiting time and growth time could be obtained from the present experiments due to the fact that there are too many bubbles present on the heater surface. Based on the limited data available, the correlation for the bubble growth time ͑time taken for a bubble to grow from its initial size to its departure size͒ is given as
where the dimensionless parameter (D d 2 /␣ l Ja sup t g ) was chosen based on the analysis that the heat input to the bubble over its growth time (t g ), from the superheated liquid layer contributes to Figure 7 shows the variation of the dimensionless parameter (D d 2 /␣ l Ja sup t g ) as a function of Ja sub . It is seen that an increase in ⌬T sub or a decrease in ⌬T w reduces the growth rate of the bubbles thereby increasing the time taken for the bubbles to grow to a given size D d . It should be noted that the effect of v and on t g comes in implicitly through their effect on D d .
The correlation for the bubble waiting time is given by the following expression:
where t w is in seconds and ⌬T w is in°C. Figure 8 shows t w as a function of ⌬T w for various values of ⌬T sub . The data shows that t w decreases with an increase in ⌬T w . Also, from Fig. 8 , it can be seen that the there is no clear dependence of t w on ⌬T sub . Hence, t w is assumed to be independent of ⌬T sub . Once t g and t w are known, the bubble release frequency ( f ) can be calculated using the following relationship:
The data were obtained on the flat plate heater and is very limited in scope as the waiting time is influenced by the solid properties, method of heating, and the thickness of the heated surface.
Enhanced Forced Convection Coefficient. The enhanced forced convection component (h fc ) values used in this model are the experimentally measured values of the single-phase heat transfer coefficient (h sp ) with an enhancement factor of 30% to account for the presence of bubbles. The enhancement factor was obtained by comparing the fully developed single-phase heat transfer coefficients with those measured in the presence of bubbles at the OSV condition ͑see Basu ͓22͔͒.
Sliding Distance. This parameter could not be measured from our experimental data due to the presence of too many bubbles on the surface. Information was obtained from Maity's ͓26͔ study of single bubble in flow boiling. An estimate of the sliding distance (l 0 ) for a single bubble is obtained as
where v b is the bubble velocity, t sl is the sliding time, and C v is an acceleration coefficient which can again be correlated in terms of bulk velocity as
where v is the imposed liquid velocity in m/s. Equation ͑57͒ reflects the increase in bubble velocity with time after it begins to slide away from a nucleation site. Depending on the length l 0 and s, one can determine whether or not a bubble will interact with other sites while sliding. The number of mergers that will occur before lift-off will then govern the sliding distance. For the estimation of the growth of the bubble, while sliding for a distance s, from an initial size D in at the beginning of sliding to a final size D sl at the end of a sliding distance, again Maity's data for a bubble sliding on a vertical surface has been used. The resulting correlation is given as 
where Re D b is the Reynolds number based on the bubble diameter. Equation ͑59͒ computes the growth of the sliding bubble in between nucleation sites, whereas the additional volume gain of the bubble due to merger at a site is given by Eq. ͑28͒. As described earlier these two factors for the growth of the bubble have to be considered to determine l as given in Eq. ͑29͒. In using Eq. ͑59͒ care must be taken in using the correct value for D in . If the bubble departs from its site of origin and begins sliding, then D in ϭD d . On the other hand, if the bubble has already merged with bubbles at secondary sites then D in ϭD total ͓as given by Eq. ͑28͔͒.
Ratio of Bubble Base Diameter to Bubble Diameter.
The ratio of the bubble base diameter to the bubble diameter is given by the following empirical correlation:
where is the static contact angle in degrees. The earlier expression gives values of C as 0.75, 0.85, and 0.93 for values of 30°, 57°, and 90°, respectively. This correlation was developed based on the experimental data of Maity ͓26͔. 
Summary
In this work a mechanistic model has been developed for prediction of wall heat flux, as a function of wall superheat, for subcooled flow boiling. The basic difference of this model from the existing ones is that in the present model a bottom-up approach is used and it is proposed that all the wall energy is first transferred to the superheated liquid layer adjacent to the wall, from where a fraction of it goes to vaporization. The evaporative component has been found independently in this model and not as an empirically determined ratio of other wall heat flux components as has been the case in most of the past studies. Also, in the modeling of the wall heat flux partitioning, the dynamics of the bubbles on the heater surface, like sliding and merger, have been considered.
The model shows that the transient conduction component can become the dominant mode of heat transfer at very high superheats and hence velocity does not have much effect at high superheats. This is particularly true when boiling approaches fully developed nucleate boiling. Also note that from this model it is possible to predict the ⌬T w as a function of an applied q w for a given geometry and flow conditions.
